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Distillation columns which separate close boiling components 
have dynamics dominated by large lags and dead times. A 
propene/propane splitter at Sun Refining and Marketing, Marcus 
Hook, P~nnsylvania v.ras used as a specific example to investigate the 
modeling and control of these systems. Data from the splitter was 
used to build accurate steady state and dynamic models. 
Steady state inv~tigations looked at the sensiti'.Jity of the 
column to different disturbances, and y1elded steady state gains for 
prelimmary controller analysis via the relative gain. Rating studies 
quantified the economic incentive for tighter control mimmally at 
t 150,000 per year. 
Simulation studies on the dynamic model showed unacceptable 
performance from classical material and energy balance composition 
control structures, as well as an EVaCS multivariable controller. By 
far, the best performing composition control structur~ controlled 
overhead composition 'With distillate flow and bottom composition 
with bottoms flow (D/B structure). This structure is very 
unconventional, but it's performance 'w'a.S superior t:> all of the 
classical structures. The D/B structure was tested over a Vv'ide range 
of regular and irregular operating conditions and performed well. 
Additional investigations have determined that results from the 
specific study of propene/propane splitters should be applicable t:> a 
range of low relative volatility separations where the dynamic 
responses are very slow. 
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1.0 Introduction 
Low relative volatility splitters are dynamic systems dominated 
by large lags and dead times. Some common characteristics of these 
columns are: 
- large total number of trays (typically 90-2 00 because of the 
difficult separation) 
- binary mixtures (these separations are at the end of a 
process ~ere easier separations have already been made) 
- high reflux ratios (between 8 - 16 because of the difficult 
separation being made) 
- low column temperature gradient (separation is between 
close boiling components) 
- two tower design (the large number of trays often prohibits 
building a single tower column) 
- discrete composition analysis (usually gas chromatograph) 
These properties distinguish the splitters from conventional 
distillation columns, and make their controllability worthy of special 
consideration. 
i 
There are several chemical systems which fit into the class of 
'low relative volatility·. Most notable of these are ethylene /ethane, 
propene/propane, isobutane/n-butane, and ethylbenzene/styrene. In 
conjunction with the Process Modeling and Control Center (PMCC) and 
Sun Refining and Marketing (SUN) a propene/propane splitter (C3 
splitter) was studied. This produced an opportunity to study a 
working process instead of a contrived model with few references to 
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reality, letting us gain the perspective of the engineers who work with 
the column daily. Studying the specific example of the C3 splitter 
control might have, however, left the general question of low relative 
volatility column control unanswered. This concern is addressed and, 
hopefully, dispelled in section 5 . Overall. the benefits of the specific 
study far outweigh the possible dra\4/backs,, and so, with few 
exceptions, tl1e balance of this report will concern itself '+lith the 
specific problem of C3 splitter control. 
A four step method v.ras used to approach this problem. It 
consisted of ( 1) steady state design. (2) steady state rating, (3) 
dynamic modeling, and (4) control structure evaluation. The steady 
state design step compared column designs made on the computer to 
time averaged plant data for the C3 splitter. The steady state rating 
ran the computer model through different operating conditions to see 
how the column performed. This work quantiiied the economic 
advantages of tighter control. The dynamic modeling step produced a 
dynamic computer simulation of the C3 splitter at SUN, and the control 
evaluation step used this model to test the behavior of different 
control structures for the C3 splitter. 
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2.0 Steady State Design 
In the previously outlined procedure tlle degree of detail with 
which you look at the problem increases with each step. The first, and 
most basic step, is steady state design. The objectives of tlle design 
phase were to gain confidence in the initial modeling assumptions and 
to develop a vapor /liquid equilibrium correlation which accurately 
represented the propene/propane system. Results from this phase 
served as a starting point for the steady state rating step. 
2 .1 Steady State Plant Data 
Time averaged data from the C3 splitter at SUN was assumed to 
be an accurate representation of the steady state operation oi the 
column. Because column operating pressure cycles from \.\1inter to 
summer, and even night to day, data at three operating pressures '1,,1,'a.S 
chosen to span the range of possible operating conditions. The 
resultant range of pressures spanned from 195 to 250 psia (Table 1 ). 
Column Pressure (psia) 195 211 250 
Cmrhead Comp. (mol.,.) 99.64 99.60 99.60 
Bottom Comp. (mot•!.) 3.8 3.2 11.7 
Feed Rate {1>1>1/hr) 215 231 210 
Distillate Rate (1>1>1/hr) 1~ 162 150 
Bottoms Rate (1>1>1/hr) 62 66 6) 
Reflux Ratio 12.53 12.78 14.33 
Steam Rate (Mll>/hr) 62.9 662 61.6 
Table 1: Time Averaged Plant Data 
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2 .2 Mass Balances 
To check the accuracy of the plant data, mass and energy 
balances were made. Mass balances were checked by back-calculating 
the teed flow rate given the overhead and bottoms flow rates and 
compositions (Table 2 ). The mass balances closed tightly, suggesting 
the external flow and composition data could be relied upon. 
Column Pressure (psi a.) 195 211 250 
Measured Feed (t>t>l/hr) 21:) 231 210 
Back-Calculated: 
Feed (t>t>l/hr) 201 228 21'3 
Feed Comp. (mol '7o) 71.6 73.1 74.8 
Percent Deviation 6.7% 1.3,. 1.4 °lo 
Table 2: Mass Balance Results 
2.3 Energy Balances 
The energy balance was checked by calculating the condenser 
duty (Qc) in t1fv'O ways and then comparing the values. The first value 
was derived by using an energy balance envelope around the entire 
column. The second value was obtained using an envelope only 
around the condenser (Figure 1 ) . 
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Cooling Yater 
Distillate Distillate 
Feed Feed 
---111 
Steam Steam 
Bottoms 
Envelope• t Envelope •2 
Figure 1: Energy Balance Envelopes 
The difference between the two values for Qc represents either the 
amount of heat which is lost between the reboiler and condenser, or 
discrepancies in the reflux and/or steam flowrates (Table 3). 
Column Pressure (psia) 
·~ 
211 2j() 
Envelope "l, Qc (MM BTU/ hr) 64.5 67.7 61.3 
Envelope • 2, Qc (MM BTU / hr) 52.2 )i.7 53.0 
Difference (MM BTU / hr) 12.'3 llO BJ 
Table 3: Heat Balance Results 
j The heat balances did not dose as nicely as the mass balances did . 
. ; 
t Some of the discrepancy between the Qc's is expected because of heat 
' 
losses; however, a deviation of not more than 21 of the reboiler duty 
was expected ( 1.5 MM BTU/hr). The additional difference was 
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attributed to inaccurate flow measurements, but without a Uow and 
temperature difference measurement on the condenser cooling water 
it is impossible to find where tlle discrepancy lies. For the rest of this 
study it "'7a.S assumed that the refltL"! flow measurement was correct. 
2. 4 Design Programs 
First attempts at steady state designs were made on the steady 
state simulator ASPEN. For several reasons ASPEN was later re laced 
by a custom written FORTRAN program. The limitations of ASPEN 
were: 
( i) It used a rigorous model of the column, so modeling 
assumptions could not be tested. 
(2) It was difficult to use custom vapor /liquid equilibrium 
(VLE) routines. 
. (3) It VY"'dS meant to be used in the rating mode, not the design 
mode. 
(4) It was very CPU intensive for a large column. 
The FORTRAN design program eliminated all of these problems, and 
allowed us to look specifically at which modeling assumptions and VLE 
correlations worked best. Because propene and propane are 
chemically very similar, the assumption of constant molar overflow 
was made. 
2 .5 Vapor / Liquid (VLE) Equilibrium 
The VLE correlation needed to incorporate pressure and 
composition dependence in the relative volatility, as well as be easily 
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calculated (no iterative solution). The correlation which resulted gave 
relative volatility as a quadratic function of liquid composition, where 
the coef !iecients of the quadratic were linear functions of pressure 
(Equation 1 and Figure 2). Original data was produced by A.B. Hill 
(Exxon Chemical). 
alpha• AO - Al ( :r ) - A2 ( :r2) (1) 
AO = 1.~j - O.cro446 ( P ) (2) 
A 1 = 0.08roJ8 - O.OOJ1035 ( P ) (3) 
A2 = 0.~15 - 0.(XX)l 4607 ( P ) (4) 
Vhere alpha= relative volatility 
x = liquid composition (mole,. propene) 
P = pressure (psia) 
Figure 2 shows this correlation plotted over the entire range of liquid 
compositions for three pressures. 
2.6 Final Computer Designs 
Columns were designed at the three operating pressures selected 
from the plant data {Table 4). 
Column Pressw-e (psia) Tote.I Trays Feed Tray (counted from the bottom) 
195 162 '12 
211 163 '12 
~ 155 ~ 
Table 4 : Computer Designed Co11llllllS 
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The columns designed on the computer are very similar to the actual 
column for the first two operating pressures and slightly different for 
the third pressure. This suggests that the constant molar overflow 
assumption is good and that the trays in the actual column are nearly 
100% efficient. The designs were made using the reflux ratio, bottom 
and overhead compositions from plant data, and the back calculated 
feed composition at each pressure. 
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3.0 Steady State Rating 
Rating tests are performed on an existing piece of equipment 
(or model thereof) and are meant to show how the equipment 
performs under various operating conditions. For this study, the 
rating was performed on the column designed at 2 11 psia (see section 
2.6). 
Three types of rating tests were per! ormed with the model. 
The first rating test found how the column behaved over a range of 
feed compositions with constant overhead and bottom compositions. 
Feed composition ms varied because it was the unmeasured 
disturbance most likely to upset the column. The second rating test 
derived steady state gains, and the third rating test quantified the 
economic incentive for tighter control. Economic incentive was 
quantified by calculating the difference between recovered product 
values and variable operating costs (steam only) for each pair of 
product specifications. 
3- l Sensitivity 
In the following figures the overhead specification is 99.5i 
propene, and the bottom specification is 2 ,51 propene. In all cases the 
feed composition is varied from 60% to aoi propene. The normal 
operating feed composition is 70%. Figure 3 shows how the internal 
flows (reflux and boilup) vary to hold product specifications given 
different feed compositions. The second pair of plots (Figures 4 and 5) 
show how two other controlled variables, reflux ratio and boilup ratio, 
vary given. the same vari2tion in feed composition. AU of the figures 
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show that there is a need for two end composition control. 
3-2 Steady State Gains 
Steady state gains were obtained by perturbing the column 
with either reflux or steam. The subsequent variations in overhead 
and bottom compositions gave the gains between the controlled and 
the manipulated variables. Units for the gains are mole percent per 
pound mole per minute. 
0.011704 -0.011283 Reflux 
(5) 
0.186370 -0.186990 Boilup 
Because the process is nonlinear, care must be taken to make the 
perturbation small enough to stay away from the nonlinearities. A 
0.07% step was usoo to derive these gains. 
3.3 :Economic Incentives 
In order to quantitatively demonstrate the need for tighter 
control, rating tests were performed which showed how recover&<.! 
product values and variable operating costs change given different 
product s~ifications. Moreover, these rating plots show that there 
are optimum setpoints for the overhead and bottom products_. In 
Figure 6, 'Worth'. (the sum of the product values minus the steam 
costs) is plotted versus bottom composition for several values of 
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overhead composition. There is a maximum dollar output of the 
column at ~·99,5i, and ~ •2 .5i. The value that corresponds to the 
maximum is $5,276 per hour \.'/1th : 
distillate value (>99.51) = $0.16 / lb. 
bottom value (<111) = $0.11 / lb. 
steam value = $5.00 / MM BTU 
Compared to current operation (xd=99.61, and ~=61), simply 
changing the product specifications could save $19 per hour or 
approximately $160,000 per year! This saving is a conservative 
estimate because poorer operating conditions occasionally exist where 
xd=99.6~, and ~ = 12~. Under these conditions tne lost profit is $45 
per hour or $1080 per day. 
Several int~resting observations should be made from Figure 6. 
( 1) The curves can not be extrapolated to distillate compositions 
less than 99.5%. This is because below 99.5:t the distillate 
has only f u&l valu& (approx. $0.08/lb) or n~s 
reprocessing. Note that the 99.51 specification is not a hard 
constraint but is the minimal average composition of the 
overhead. 
(2) Once overhead specifications are met there is more economic 
incentive to keep bottom composition at setpoint rather 
than the overhead composition at setpoint (Figure 7). 
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(3) The optimum bottom specification decreases as the 
overhead specification increases. 
(4) This Whole analysis is based on the previously mentioned 
product and energy values. Given a varying economic 
climate these figures must be recalcp.lated to find current 
optimum product specification setpoints. 
From this point forward, all investigations will be performed on 
a column operating at optimum specifications (~·99.5i, and 
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4.0 Dynamic Modeling 
The initial model of the column had several basic modeling 
assumptions and details were added to the model when deemed 
necessary. The initial model assumed ( 1) constant molar 0~1erflow, (2) 
constant and equal tray holdup, (3) constant and equal tray to tray 
pressure drop, and ( 4) periect level control. Experience from plant 
pulse tests then added to the detail of the model 
4.1 The Actual Column 
The specific column being studied is located at Sun Refining and 
Marteting, Marcus Hook. Pennsylvania. It is ·~ :1o:- ,)f two C3 splittHs 
which run in parallel in the poly plant at SUN. Normal operation has 
one of the splitters running at capacity and takes feed sVvings '>rllth the 
second column. The column in question has 160 trays ( L~ inch 
spacing), with feed entering at tray 44 (counted from the bottom) 
Because of the large number of trays the column is built in two 
sections. This creates an additional holdup between the two towers of 
the column. Twin stab-in reboilers are used in the base of the column, 
and -water is used as the cooling medium. The v,,ater floVvS fully open 
which lets the column pressure cycle as the weather, time of day, or 
season dictates. Figure 8 is a pictorial summary of the column 
characteristics. 
4.2 The Column Model 
There are several key characteristics of the model which need 
to be explained. The next several sections will address the specific 
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characteristics and assumptions Which were used to model the c3 
splitter. 
4.2. l Initial Data 
Dynamic models require a set of process variables to start the 
simulation. A rating program was used to adjust the reflux and vapor 
boilup to get precisely 2.5% in the bottoms and 99.5% in the 
overheads. After the rating ms done, the process flows, composition 
profile, and pressure profile was used as the lined-out starting point 
for further simulations. 
4.2 .2 Feed and Feed Split 
F~ to the column is two phase. Because the relative volatility 
is low and true flash calculations are iterative (ie. computer intensive) 
the f*<i split was done using an ·approximate flash·. In the 
approximate flash the liquid and vapor compositions and the feed 
composition were assumed equal. This \olla.S a fair assumption because 
the relative volatility was very close to one. Only the liquid and vapor 
rates varied as feed condition varied. This approximation gave a 
quickly calculable and accurate approximation of the affects of feed 
quality on the column. 
4.2.3 Liquid Levels 
In the two tower design there are three liquid levels to be 
concerned with. They are the bottom of the lower tower, the bottom 
of the top tower (sometimes called middle level), and the accumulator 
', 
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level. In each of these cases the span of the level transmitter ms 32 
inches, and the steady state holdup (or 501 level) was assumed 
halfway between the level taps. Values for the steady state holdups 
were found using the blueprints of the column. From the geometry of 
the vessels, numbers were calculated which converted changes in 
holdup to changes in the particular level. 
Vessel Holdup Ctb-mol) 
Accumulator 725.9 
Top tower sump 261.9 
Bottoms 498.1 
Table 5 : Holdups 
4.2.4 Differential Equations 
Any distillation column may be thought of as a series of 
connected process units. Among tbe units are feed trays, regular 
~uilibrium stages, reboilers, accumulators, and sidestream trays. 
When combined, the differential equations which model these units 
form a set of coupled differential equations which model the entire 
column. The set of differential equations describing the C3 splitter 
was built in this way. Figures 9 and 10 give a pictorial derivation of 
the different unit equations used. 
Details were added to the initial model as dictated by the plant 
data. The major change to the model was the addition of a second 
(hydraulic) differential equation per tray. The liquid traffic in the 
The Modeling end Control or Lov Relative Volatility Splitters 
t ;, 
!~; 
',' 
22 
column needed to be delayed in order to give an. accurate 
representation of the column's behavior. First approaches lumped the 
tray hydraulic lags into several sections and approximated these 
lumps with pure dead time. This approach was suggested to save 
computing time. It was found, however, that this method caused the 
compositions in the middle of the column to behave very unnaturally 
given a 2% feed composition disturbance (see Figure 11). A possible 
explanation of this behavior is that lumping the lags into deadtimes 
creates an artificial accumulation of material in each section while it 
mits for new liquid flow information to propogate. This behavior 
occurred regardless of the number of trays in each section, and was 
eliminated by adding a second differential equation to each tray 
(Equations 6 and 7 below). 
Ln = Lave + (Mn - Mave) / Beta 
dMn/dt = Ln+l - Ln 
vhere . L = liquid flo,rs 
M= liquid holdup 
Beta= hydraulic constmi t 
(6) 
(?) 
Beta was adjus~ to give responses and deadtimes similar to the 
actual column. For this case a value of 0.18 minut.es was used. 
~.2.5 Sampled and Shifted Data 
On line gas chromatographs automatically sample the overhead 
and bottoms streams every five (S) minutes. Since this project's 
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conception in May 1985, the sampling time has been halved from ten 
minutes to the current five minutes. The decrease in sampling time 
has certainly made the closed-loop control of the column much tighter, 
and has been taken into account for all ensuing control structure 
evaluations. Because it takes five minutes to process a sample, the 
signal which is controlled is not only sampled but also delayed by one 
sampling period (Figure 12 ). Likewise, the manipulated variables are 
put through a first-order hold. 
4.2 .f> Model Responses 
The final model was tested with pulse tests of the manipulated 
variables. The pulse tests for the L/V control structure (L controlling 
distillate, V controlling bottoms) are shovro in Figures 13 and 14 In 
all of these figures the manipulated variables were pulsed +2% for the 
period between SO and 100 minutes (see figures). This structure gives 
a typical response with relatively quick initial response to the pulse 
and a long trailing r~p<>nse back to setpoint. These responses suggest 
column time constants of between 600 and goo minutes. 
The response of the DN structure (D controlling distillate , V 
controlling bottoms) in Figures 15 and 16 gives a smooth response to 
changes in D, but pulses in V show inverse response characteristics. 
This is caused by the accumulator level control scheme (accumulator 
level controlled with reflux flow). With this structure, the change in 
vapor boilup has two effects. For increased vapor, the first effect is to 
boil more lights out of the bottom and decrease the purity in the 
overhead. The second effect is to increase the accumulator level 
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Which increases the reflux flow. The increased reflux then increases 
the amount of lights in the bottom and overhead; thus, the inverse 
response characteristic is produced. Note that the V response of the 
D/V structure seWes out much more quickly than that of the L/V 
structure. 
4.3 Plant Pulse Tests 
Pulse tests on the c3 splitter at SUN were performed on April 
14-16, 1986 and August 12-13 , 1986 Over the course of these 
days, pulse tests were made with the steam and reflux (L/V 
structure) It was difficult to make pulses where the response was 
distinguishable from the background noise without irreversibly 
upsetting the colu:nn. Out of the five days of testin~ one reflux and 
one steam pulse were clean enough to be clearly recognized. The 
overhead coiripos1uon proved to be insensitive to changes rn either 
reflux or steam, and therefore was often the limiting observation 
determining pulse magnitude. 
From the pulse test results the Beta parameter was adjusted to 
mat:h the plant data. This modified model and plant data are 
compared in Figures 17 and· 18. This favorable comparison gave us 
confidence that the control studies on the model would accurately 
approximate the response of the actual column. 
4.4 Identification 
In preparation for control studies transfer function models were 
needed. It would be advantagous to derive transfer function models 
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directly from the plant data, but there are problems doing this with 
systems which have very large time constants. The primary reason is 
that either Fourier transform or time series analysis needs at least one 
or two time constants of data for the analysis to yield plausible 
results. In systems such as these, with time constants of 12 -15 hours, 
this is not possible at the plant. For this reason all identification w-as 
done with responses of the model and not with the actual plant data. 
An alternative method to overcome this problem was proposed. 
The method is kno\,\,'Il as the 'dual pulse· method and uses a negative 
and a subsequent positive pulse instead of the usual single pulse to 
identify the process. Clearly, the advantage of this is that the dual 
pulse response wanes 6 - 8 times more quickly than the single pulse 
response, and therefore this method is attractive for systems with 
large time constants. 
Both methods have been used to identify the column model The 
identification was performed using frequency response techniques 
Table 6 sho\lv'S the results from each pulsing method on the column 
model for perturbation magnitudes of 0,51. 
The steady state gains derived from the pulse tests are not 
';'xadly those found v.lith the steady state rating program. The 
nonlinearity of the model causes this and is why gains from the rating 
(Vvhere perturbations were .071) were used in the RGA analysis. Note 
when comparing rating gains and gains derived from the pulse tests 
that the units are different and must be changed to make a 
comparison. 
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Feed Tray 
d 
- I M(nf)it. x(n!)] • 
dt 
Fl* xf + L(nf + 1) * x(nf+ 1) 
+ V(nf-0 * y(nf-1) 
- L(nf) * x(nf) - V(nf) * y(nf) 
Normal Tray 
~ (M(n) * x(n)J = 
dt 
L(n+l)•x(n+l) + V(n-l)•y{n-1) 
- L(n) * x(n) - V(n) * y(n) 
Bottoms 
-
d 
dt (Hldbot * xb) = 
Vb*yb - L{l)*X( 1) - B*Xb 
Figure 9:. Derivation of Differential Equations (Bottom) 
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Top Tray 
·d dt [M(nt)* x(nt)] = 
V(nt-1) • y(nt-1) + R * xd 
- V(nt) * y(nt) - L(nt) * x(nt) 
Accumulator 
~ ( HldAcc * xd) • dt 
. 
:{\:({:/iiidA~~\{:{\:/ V(nt) .* y(nt) - (R + D) * xd 
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R D 
xd : ; xd 
Figure 10: Derivation of Differential Equations (Overhead) 
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g12 Reflux ( lb- mol/min) 
= 
g 22 Steam (lb /min) 
/ 
Single Pulse Dual Pulse 
Bi1 
(0.00854) e-3s (0.00504) e-3s 
(951S + 1)(16s + 1) ( 6 12s + 1)( 1 Os + 1) 
~2 
(-0.00145) (-0.000696) 
(940s + 1)(9s + 1) (434s + 1)( 1 ls+ 1) 
gZl 
(0.16~6) e-26s (0.09663) e-26s 
(900S + 1 )(14s + 1) (5205 + 1)( 12S + 1) 
g22 
(-0.0255) (-0.01197) 
( 91 Os + 1 )(16s + 1) (434s + 1)( 1 ls+ l) 
. : 
Table 6: Transfer Function Models 
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5.0 Question of Uniqueness 
The objective is to ascertain whether relative volatility plays a 
role independent from holdup in distillation dynamics. Low relative 
volatility separations typically require large numbers of trays and 
high internal flow rates. They, therefore, have unusually large 
holdups. It has never been determined, however, if the large time 
constants of these columns are an artifact of the large holdup, of the 
low relative volatility, or of a combination of both. 
5.1 Simulation Studies 
Simulation studies were made to compare the responses of l'Alo 
columns with the same holdups, but with different relative volatilities 
(see Table 7) 
high alpha. lov alpha. 
Relative Volatility 1.4 1.15 
Total/Feed Tray 42/19 101/45 
Top/Bottom Comps. 0.995/0.025 0.995/0.025 
Ref1 ux Ratio 4.86 12.79 
Tray Holdup ( .. mol) 24.05 10.00 
Total Holdup (-mol) 1010 1010 
Table 7 : High and Low Alpha Columns Def tned 
Simulations were made with feed rate and f~ed composition 
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disturbances. Both disturbances yielded the same conclusions: 
( l) The initial rates of response of the two columns are 
approximately equal 
(2) Return of the high alpha column back to steady state is 
much quicker 
The responses in Figure 1 g show a comparison of the two columns 
when given a square pulse in feed composition of -2%. This study 
sho'WS no significant difference between the high and low alpha cases 
suggesting that holdup is the dommating factor in the dynamics of 
these columns 
5.2 Column Time Constant 
The mechanistic basis of this investigation looked at the tray 
composition time constant from a linearized model. 
tau tray = m / (L + K*V), 
vhere m • tre:yholdup 
L = Hqui~ rate 
V = vapor rate 
(8) 
K = equi1i bri um consten t 
This relationship predicts that the tray composition time constant gets 
.',l · smaller as the relative volatility (or K) gets larger, suggesting the 
j · response of the column composition would be quicker for higher K 
columns. However, this assumes that the other variables remain 
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constant. 
In general L, V, and m will all change as the value of K changes. 
For columns designed at 1.2 times the minimum reflux ratio and the 
same overhead and bottom compositions, t.he rates will change as 
shown below (Table 8). 
Relative Volatility 1.ti 1.15 
L and V (•mol/min) 45 140 
m (•mo1) 10 ~ 
Table a: High/ Low Alpha Columns Compared 
As the vapor rate increases, the diameter of the column goes up 
and the holdup on each tray increases. A quick calculation shows that 
the tray time constant may vary only slightly from low to high alpha 
columns, and that the column time constant will be predominately 
dependent on the number of trays and not on the relative volatility ot 
the separation. 
The results from both of these investigations (simulation and 
mechanistic) show that columns which have large holdups and high 
internal vapor and liquid traffic will behave similarly. It so happens 
that low relative volatility separations need columns with these 
characteristics, and, within certain undefined constraints, conclusions 
dra~ about control of the C3 splitter should be applicable for other 
low relative volatility splitters. 
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6.0 Control Structure Evaluation 
The final and most exciting part of this study involved the 
synthems and comparison of the control structures on the dynamic 
model. This rather exhaustive comparison e~ed most of the 
classical single end and dual end composition controllers. In addition, 
a few less classical structures were tested . 
6.1 Steady State Contro11er Analysis 
Henceforth, control structures "Will follow the nomenclature 
A_/B, v.lhere A controls overhead composition and B controls bottom 
composition. Both A and B could be either distillate flow (D), 
bottoms flow (B), reflux flow (L), or vapor boilup (V). Using this 
nomenclature and the following relationships, values for the RGA 'of/ere 
found for several control structur~. The relationships (assuming 
constant molar overflow and deviation variables) are: 
V = L + D 
L = B + V 
The RGA values calculated are below in Table 9. 
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Structure RGA Value 
LIV ~-~3 
DIV om 
LIB 0.92 
Table 9 : RGA Values for Different Structures 
6.2 Tuning Methods 
Two basic types of controllers were implemented on the 
column: level controllers and composition controllers. They are 
further discussed separately in the following sections. 
6.2.1 Level Controller Tuning 
The tuning of level controllers is not as critical to the final 
evaluation of control structures as the tuning of the composition 
controllers but, a consistent method is required to avoid criticism of 
the composition controller evaluation. Therefore, the level controllers 
were tuned as they are in the actual column. This resulted in very 
tightly controlled levels. The plant settings are found below in Table 
10. 
Loop Gain Resets per lliaute 
Accumulator Level 2.0 l0'3 
Bottom Level 1.~ 5.06 
Table 1 O : Level Controller Tuaillgs 
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6.2 .2 Composition Controller Tualng 
Initial plans used the transfer functions to derive tuning 
estimates for the different control structures. In tllis way, as long as 
the tuning method was consistent, comparison of control structures 
with those settings would be consistent. The tuning was performed 
using the Ziegler-Nichols method and the loops were detuned using 
the biggest log modulus criterion. When the settings were t.ested on 
the model, however, they performed very poorly. There were three 
possible reasons for th~ poor responses: ( 1) poor transfer functions; 
(2) a poor tuning method; or (3) a poor control structure. 
The problem was isolated at the transfer functions. The ultimate 
gains and periods, found experimentally, were not the same as the 
ultimate gain and periods found via the transfer functions. This was 
true even though the time responses of the model and the time 
responses of the transfer function were very similar for the square 
pulse input used to identify the column. 
There was still a need for a consistent tuning method An 
experimental approach was used to find the ultimate gains and 
periods. The method increased the proportional gain unW sustained 
oscillation occurred. The ultimate gain and period were derived from 
the period and magnitude of th~ oscillations. This was more 
computer time consuming but gave us confidence that the tunings 
were consistent for every control structure. The Ziegler-Nichols 
settings were then detuned by dividing the gains and multiplying the 
reset times of both loops by an experimentally determined detuning 
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factor (F). Table 11 gives a summary of tlle settings and detuning 
factors used for each composition control structure. 
6.3 Level Controllers 
Four separate level control schemes were needed to 
accommodate all of the different composition controllers. They \oliefe: 
Accumulator Level Bottoms Level 
(1) Distillate Bottoms 
(2) Distillate Boilup 
(3) Reflux Bottoms 
(4) Reflux Boilup 
The 32 inch transmitter span was included in the controller action. 
PI ·s were used because the actual column level controls are PI and 
because material balance composition control schemes require tight 
level controllers. 
6.4 Composition Control 
The primary evaluation of each control structure was based on 
how well the composition controllers performed .. A consistent method 
of tuning has already been outlined, now several control structures 
are evaluated. All preliminary evaluations ate shown in Figures 20 
through 35, and are briefly discussed in the following sections. Feed 
rate disturbances are not compared t>ecause responses from feed rate 
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changes can be effectively controlled in a !eedforward manner. The 
difficult disturbances to counter are f m composition disturbances, so 
a +5i feed composition disturbance was used in the preliminary 
evaluation. In all ca~ PI controllers are used for composition control. 
6.4.1 Single End Controllers 
It is sometimes possible to control only one end of a column 
while leaving the other end open. This eliminates interaction problems 
and simplifies the control. Unfortunately neither of the single end 
control structures gave sufficient control of the open end, as was 
predicted by the rating results (Figures 3-5). 
6.4.1.1 Single End Bottom Control 
As seen in Figure 2 O this structure attempts to hold bottom 
composition \'r'ith steam, while leaving the overhead loop o~n. The 
system held bottom composition tightly, while the overhead 
composition drifted unacceptably far away from setpoint {Figure 21 ). 
6. 4.1.2 Singe End Overhead Control 
Again, the end which \.'las closoo was successfully controlled 
while the end which was open drifted away from setpoint (Figure 2 3). 
Although neither of these structures will be acceptable in final 
evaluation, they showed that either end can be controlled well and 
give a standard to compare the responses of two end control 
structures. 
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6.ai.2 Two End Controllers 
An economic incentive to control both ends of the column haS 
already ~ sited. Single end controllers did not perform 'Mll 
enough to gain the economic advantage of tighter control. An 
eXhaustive review of the performance of classical muttiloop single 
input-single output :ontrollers was made All evaluations "'1ef'e made 
using the consistent tuning method and a .5:g step in feed 
composition. These simulations also showed the performance if a 
constraint was reached VviU-1 one of the controlled variables or if an 
analyzer was lost. 
6. 4.2. l L/V Structure 
The classical energy balance, or L/V structure, (Figure 24) 
produced stable"~ yet very sluggish performance. The sluggish 
) 
response may be a characteristic of these high reflux ratio columns 
Vilith the L/V structure, and were shown not to be a result of the 
tuning. As Figure 2 5 sho\li!S, even after 600 minutes neither end is 
back to setpoint. The RGA for the L/V structure was 2 5, suggesting 
interaction between loops. 
I 
J 
I 6.~.2.2 D/V Structure 
The RGA for this structure was 0.08. Interestingly, thi~ hints 
that the reverse pairing of the loops, or the V /D structure, would be 
superior. In a steady state gain sense this may be true, but 
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dynamically there are big problems controlling the bottom 
composition with the distillate flow. This W'aS confirmed 
by 
simulation. 
Nonetheless, the D/V structure (Figure 26) was tested and 
responses superior to the L/V structure resulted (Figure 27). The 
overhead was controlled tightly, While ~e bottom still responds 
sluggishly. 
6.4.2 .3 LIB Structure 
The RGA analysis predicts that the LIB structure (RGA = 0.92, 
Figure 23) should perform the best, but the response ms still 
unacceptable (Figure 29). The LIB structure gave tight bottom control, 
but sluggish overhead control. 
6.4.2.4 Reflux Ratio (RR) / Boilup Ratio (BR) Structure 
As part of a distillation short course at Lehigh University, F. G. 
Shinskey gave a demonstration of his ·expert system· for distillation 
control synthesis. The RR/BR structure is the result of his program
 
{Figure 30). 
This structure gave the best response to this point and looked 
very promising (Figure 31). It gave tight overhead and bottom control 
with both ends controlling nearly as well as the single end controllers. 
6.4.2.5 D/B Structure 
The 'w'e11 performing RR/BR structure can be reduced t.o the D/B 
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structure by assuming tight level control (Figure 32 ). This 
significantly · r~uces the compleXity of the structure withou
t 
' 
impairing the performance. Once again, both overhead and bottoms 
stay close and return quickly to setpoint (Figure 33). This structure is 
unconventional, so before application several special characteristics of 
the D/B structure should be carefully examined. This is done in 
section 6.5.2. 
6.4.2.6 Extensive Variable Control Structure (EVaCS) 
The idea 04 extensive variable control has been proposed. This 
method uses stru~ural compensators to try to one-way decouple the 
column. The general form of the controller is shown in Figure 34. The 
EVaCS gave average response "'7bere the overhead and bottoms 
compositions are both controlled, but only loosely (Figure 35). The 
response is comparable to tl1e DIV structure response yet less 
effective than the D/B structure. 
6.5 Final Evaluation 
Of the eight structures evaluated the best performing were 
RR/BR and D/B. D/B was the more attractive because it did not
 
require ratio elements and was therefore less sensitive to noisy 
signals. Its performance was far ~tter than the performance of any
 
other two end controllers, and equaled that of the single end 
controllers. 
For the purpose of actual implementation the D/B structure is 
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also desirable. The current control on the actual column is manual 
with the operators manipulating distillate to control overhead 
composition and bottom flow to control bottom composition. The 
major reason for this is that it is desirable to control levels with large 
flows (reflux and boilup). One reason is because the orifices for the 
flow controllers can be considered good to only plus or minus 21, a 
tolerance 11/hich is nearly the value of the distillate and bottoms flows 
in these high reflux ratio columns. Current operation has the control 
structure on manual, so transition to automatic operation would 
involve closing the loops. The D/B structure also satisfies the criteria 
set forth by the people at SUN for a desirable structure: ( 1) the final 
structure would ideally have levels on large flows; (2) it would be able 
to be phased in over a period of time {ie. one loop at a time); and (3) it 
would be explainable in less than 30 minutes. Once again the D/B 
structure needs special consideration, especially 11/hen looking at 
conditions Where a sensor has failed or a valve has saturated. 
6.5.1 Additional tests for the D/B Structure 
Satisfied that the D/B structure performed best under initial 
screening, it needed to be tested under more rigorous conditions. The 
following scenarios were developed to simulate actual operating 
situations as well as several catastrophic situations. These scenarios 
are explained figure by figure below. 
- Figure 36 : feed composition is dropped 51 (701 to 66.51) 
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- Figure 37: f~ rate dropped 201 ( 15 to 12 •mol/min) ' 
- Figure 38: feed composition raised 201 (701 to 841) 
- Figure 39 : xb setpoint raised .51 (2.51 to JOI) 
- Figure 40 : xb setpoint ramped to 51 (2.5i to 51) 
- Figure 41 : xd setpoint raised O. li (99.5i to 99.61) 
- Figure 42 : feed quality dropped to 60J (751 to 60i) 
- Figure 43 : day / night 5""'ings in pressure 
(+20 psi over first 12 hrs., -20 psi over next 12 hrs.) 
- Figure 44 : thunderstorm 
(-1 O psi over l O mm., regain 1 O psi over next 1 hr.) 
- Figure 45 : high pressure operation 
(+ 30 psi over 1 hr., +20~ f~ comp. @ t=600 min.) 
- Figure 46 : low pressure operation 
(-30 psi over 1 hr., -20~ feed comp.~ t=600 min.) 
These simulations show that the D /B structure handles very 
large changes in load (Figures 36-3a, and 42-44), as well as setpoint 
changes (Figures 39-41 ). Figures 45 and 46 demonstrate that this 
structure is also effective at the extreme operating pressures of the 
column. 
6.5.2 Constraints and Catastrophic Conditions 
"' The actual column at SUN operates at approXimately 851 of 
capacity. The capacity of the column is primarily dictated by the 
st.earn valve which saturates be! ore the column floods or any other 
The Madeline end Control or LoY Relatil'e Volatility Splitters 
,I. 
! 
../ 
52 
(fl 
valve saturates. I.ikeWise, the steam valve in the simulation was 
spanned to show this characteristic. When the D/B structure was 
tested for 201 increases in feed (Le. over capacity) the ~am valve 
saturated and the control failed. For a similar 2oi turndown the 
control structure performed well. This example introduces the 
question of how to deal with constraint conditions in the column. If 
the steam valve constraint is reached then a high level override must 
take over the bottom level. This override should: 
( 1) recognize the saturated steam ·1alve 
(2) override pr~nt control and put bottom level on bottom 
flow while holding steam at present value until level drops 
to acceptable level. 
(3) retain overhead composition on distillate flow while 
leaving bottom composition uncontrolled 
The catastrophic condition which is most likely to upset the 
column is sensor failure, specifically failure of the on line gas 
chromatograph. In the case that either analyzer fails, 'the control must 
be reduced to the corresponding single end controller. 
In general, the D/B scheme ms found to perform -well unoer a 
myriad of extreme conditions. Ho-wever, the added control does not 
allow you to exceed the capacity of the column. Constraint and 
catastrophy overrides must be built into the control system to detect 
and compensate for these abnormal operating conditions. 
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Oft!'ll.ead Bottoll 1M1uDiAc 
StriJC:we Loop Laop racior 
I• -191, 
Single E."'ld Bottom I*s-1.17 2 
T.at.U = 76 
[ = -81Zj 
Single E.:ld o,re:-hee.d x::r:-117 1 
T.4U = ~ 
[: 2~7j I:: -~,6 
LIV [f • 2.09 I" :s -0.~ 4 
TAU= 192 TAU= ljZ 
r.: = -jj'.;{) JC= -1200 
DIV x:+ = -i8.l [* = -0.74 1.~, TAU= 7~. T.AU = 6; 
t=~~o K = J;8 
L/B K1 =3.41 X: ~ = 18.51 
., 
~ 
TAU= 8~ !.AU= 80 
[ = -7:i K = O.~O 
RR /BR K:r=N/A K* = N/A 1.5 TAU= j7 TAU= 58 
K = -7j00 K = 360 1.j 
D/B K*=-106 [-I• ,19.71 
TAU= 6't TAU= 69 
• Starred Gains (K *) are dimen~ionless, oostarred t8ins (K) ere in 
units given belov. Spans : D•21 '3 t>pb, B-222 l>pb, L•3550 l>ph, Stm • 97 .9 M-11>/ hr 
distillate comp.= 25,. propane, bottom comp.= 100'- prope 
,.,. (lb-mol/min) R t T'- in u .. ut Overhead Gains in 1., , e..eoe I.Wes atn es mo ,. 
...... Bottom Gains in (lt>-mol/min) (B structures) or, (lb/min) {V structures) 
mot.,. mot~ 
Reset Times in Minutes 
Table 11; Composition controiler Tuning Summary I 
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Figure 24: L/V Structure 
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Figure 25: Response of L/V Structure 
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Figure 26: D/V Structure 
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Figure 27: Response of D/V Structure 
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Figure 28: L/B Structure i 
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Figure 29: Response of L/B Structure 
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Figure 30: Reflux Ratio/ Boilup Ratio Structure 
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Figure 32: ·D/B Structure 
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Figure 33: Response of D/B Structure 
Figure 34: EVaCS Structure 
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Figure 35: Response of EVaCS Structure 
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Figure 37: D/B Structure, ~0% drop in Feed Rate 
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Figure 39: D/B S~ructure, Bottom Setpoint to 3% 
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Figure 40: D/B Structure, Bottom Setpoint ramped to 5%' 
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, Figure 41: D/B Structure, overhead Setpoint to 99.6,% 
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Figure 42 :. D/B Structure, Feed Quality dropped to 60% 
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Figure 43: D/B Structure, Day/Niiht Pressure Swings 
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Figure 44: 'D'/B Structure, Thundet'storm 
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Figure 45: D/B Structure, High Pressure.Operation 
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7.0 Conclusions and Future Work 
In preliminary evaluation the D/B structure performed best and 
'\Alas also a simply implementable structure. Minimal resistance to the 
structure should be encounterfK! at the refinery because the D/B 
structure is similar to the present manual mode of operation. When 
~ted under normal and extreme conditions the D/B structure 
performed well and is therefore recommended to be implemented 
vvith consideration given to saturated valve and analyzer failure 
conditions discussed in section 6,5.2. 
Several questions have been left unanswered by this thesis, 
however. The first question asks how reliable transfer function 
models can be obtained for low relative volatility, high purity 
columns. This is not a new question, but an extremely important one. 
The problem \.\7aS successfully avoided by finding the ultimate gains 
and periods experimentally and therefore bypassing the need for 
transfer functions in tuning. The transfer functions would, ho~ver, 
~ needed to do frequency domain controller analysis. The method 
which I used is therefore a short cut and not a solution. 
The second unanswered question is how to estimate the 
composition at one end of the column given the other end's 
composition and available process variables (i.e. pressure, reflux, feed, 
. distillate, and bottom flo-ws). The estimation could be used to back up 
the gas chromatograph and, ultimately, to control from if the analyzer 
fails. The estimation should be possible because the column is nearly 
ideal with constant molar overflow and low relative volatility. 
The Modeling end Control of Lo• Relatiw Volatility Splitters 
